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SUMMARY

Experiments were conducted to obtain information on heat transfer
in turbulent, mixed-free- and -forced-convectionflow. This flow regime
has recently becom important in connection with certain engineering
applications such as gas turbines and jet engines. The tivestigation
was made in a vertical ttie with a length-to-diameterratio equal to 5.
The walJs of the tube were heated, and air was conducted through the _&be
in either an upward or a downward direction. Free convection is created
by gravity so that the buoyancy forces in the heated layers near the tube
wan were either psmllel or opposite to the direction of the forced
flow. The Grashof nuniberwhich characterizes the free-convection effect

could be varied between approxhately 109 and l&3 and the Reynolds num-

ber characterizingthe forced flow varied from 36X103 to 377X103.

The investigation revealed that the total flow regime as charac-
terized by its Reynolds and Grashof nmkmrs can be mibtivided into a
forced-flow regime, a free-flow reghe, and a mixed-free- and -forced-
convection regime. The Lhnits of the different regimes were established
in the investigated range, and the local heat-transfer coefficients at
the inner surface of the lmibewere measured.

The knowledge of the Mmits of the clifferent flow regimes and of the
heat transfer in these reghes obtained from the expertients reported
herein could
gations into
and to other

be etiended by the use of the results of previous investi-
the laminar-fiow
Prandtl nunbers.

Usually in calculations
flow is classified either as
the former type, the flow is
whereas, in the ktter type,

range, to other

INI’RODUCTION

length-to-diameterratios,

of convective heat-transfer problems, the
forced flow or as free-conve&ion flow. In
caused by external means such as pump;
buoyanty forces connected with temperature
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2 NACA TN 2974

differences in the fluid create the flow. Actually, such buoyanty forces
are always present in forced-flow heat transfer as well. Usually they
are of a smaller order of magnitude tham the external forces and may be
neglected. In certain engineering applications, however, this cannot be
done. It was, for titance, realized qtite early that the heat exchange
in oil coolers is affected msrkedly by the free-convection currents
supqosed to the forced flow. This is caused by the low flow veloc-
ities employed in such coolers. More recently, applications have become
hportant in which very large free-convection forces are present. Forced
flow through rotating components is always mibjected to centrifugal
forces and Coriolis forces. In the presence of temperature differences
these forces create strong free-convection flows. Cooling of rotating
parts in gas turbties and jet engines maybe considerably influenced by
these conditions. Emmples of such applications are cooling of rotating
turbine blades and of ram jets in helicopters.

A limited number of experimental investigations have been published
and, from these, correlations for tied-free- and -forced-convection
heat transfer have been obtained. Experimental information on heat trans-
fer in flow of o~ through tubes to obtain a relation for lmdnar heat
transfer which included the free-convection effect is contained in ref-
erence 1. In reference 2 is presented an analysis of laminar mixed-free-
and -forced-convectionheat transf~ in a vertical pipe, and in refer-
ence 3 this analysis is compared with experimental information on oil and
water. Experhents on flow and heat trsnsfer of water through a cooled
vertical pipe (L/d = 20) are described in reference 4. (~ syabols are
defined in appendix A.) The results indicate that expertients were con-
ducted in the transition region between kminar and turbulent flow. In
reference 5 measurements on turbulent flow of water through a ttie with
L/d = 52 show a considerable effect of free-convection currents. Cal-
culations on lsminsr free and mixed flow for different configurations
and wall-temperature distributions are presented in references 6 and 7.
However, the configurations which are important in engineering applica-
tions are nmnerous. In addition to the geometry of the heat-transferring
surfaces, the tiection of the forced-flaw velocities relative to the
free-convection forces and the question of whetha the fluw is laminsr or
turbulent are hportant. Kimwledge of even the most common configuration,
namely, the flow through a circular tube, is very incomplete. For
hstance, no investigation is known in which the flow can with certainty
be eqected to be turbulent. In addition, it wiIl be shown in RESULTS
AND DISCUSSION that, even in the flow regions which have been tivesti-
gated, the recommended correlations are contradictory.

The investigation described in this report was conducted at the
NACA Lewis Mboratory to obtati information on heat transfer in the
mixed-free- and -forced-comection regime for a configurationwhich pre-
viously had not been investigated. The experiment was conducted in a
circular lmibewith forced flow through its interior, with free-convection
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forces parallel or opposite to the forced-flow velocities, and with flow
in the turbulent ramge. The apparatus used for this investigationwas so
designed as to obtain local values of heat-transfer coefficient. The
length-to-diameterratio of the t~e was 5. The t~e wall was heated by
steam to a uniform temp=ature. The Reynolds nuniberbased on the average

forced velocity and the ttie diameter could be veried between 36)CL03and

377X103. The Grashof nmdoer based on the tube length and the temperature
difference between the tube wall and the ah in the tube varied between
109 ad @30

In addition, a survey is presented of the results of previous invest-
igations and the information obtained from it is combined with the
results of the present experhents so as to obtain consistent correlations
in a large range of the mixed-flow regime.

APPARATUS

Basic Considerations

The large free-convection forces present in the applications which
were mentioned in the introduction cause the Grashof nunibers,which
chsxacterize the free-convection flow, to become very large (of the

order of magnitude of 1012). The influence of free convection on heat
transfer is expected to be especially lsrge when the free-convection
forces are parallel or opposite to the forced-flow Mlrection. The cool-
ants most widely used are ah and water with a Prandtl nmiber between 1
and.10. Although the influence of the Prandtl number is comparatively
small, experiments, in order to be useful for these applications, should
be conducted with a fluid having a Prandtl number near this range, with
very lsrge Grashof nuubers, and with the described direction of the body
forces. The large Grashof nmibers in the applications sre caused by
lsrge body forces (centrifugalforces and Coriolis forces). Such a
force field is complicated by the fact that the acceleration causing the
body forces varies locally in direction and magnitude. In experiments
designed to obtain basic information, it is desirable to have a shple
force field with loctiy constant acceleration as represented by the
gravitational field. In addition, many experimental dMficulties are
avoided when stationary eqtipment is used h which the free-convection
currents are generated by the gravitationalfield of the earth. The
buoyant forces connected with the gravitational field, however, we
much smaller and special attention has to be dtiected to meanE by which
large Grashof numbers can be obtained. The Grashof nmiber can be
increased by increasing the CUmensions of the experimental apparatus, by
increasing the temperature Mfferences which are imposed on the fluid,
or by choosing the proper test fluid. A survey revealed that with a
fixed temperature difference approximately the same Mmensions of the

——. —-- -— .—— —
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test setup are necessary for water and for compressed air tith a pres-
sure near 100 pounds per square igch as a test fluid. For most other
easily available fluids, an apparatus with lsrger dimensions must be used
to produce the same Grashof nunikrs. Only the use of liquids near their
critical state and of liquid metals would produce the same Grashof ntiers
in sma13er equipmqt. This possibility, however, was discarded because
the Prandtl nuniberof liquid metals and of liquids near their critical
state is too far from 1. In addition, such liqyids would introduce seri-
ous clifficulties into the experimentalion. It was therefore decided to
use compressed air as the test fluid.

The test apparatus then had to consist essentially of a vertical
tibe of large -nsion through which ah was conducted in an upward or
dowuward direction. The walls of the ttie were heated. Steam was used
for this purpose in order to obtati a uniform temperatureon the large
tnibesurface.

Me Arrangement

The apparatus (fig. l(a)) which was used for the tests to be
described was aheady available in its essential parts from previous
investigations on free-convection heat transfer. Various component P-S
are designated by letters on this figure to simplify references in the
text. The appsratus consists essentially of a vertical tube and two

1

A. The over-aJJ-dimensions of the tube are: height, l+ feet;covers

outside diemeter, 24 inches; and wall thickness~ 3/8 tich. The tube was
fabricated from mild steel and coated with zinc on the inside and out-
side surfaces to prevent corrosion. The inside surface was ground smooth
after the coating i?asapplied. The height of the remaining roughness
along the axial length adjacent to the steam chaniberswas measured and
found not to exceed N. 007 inch. This dimension was assumed to be suffi-
ciently small to consider the surface as hydraulically smooth (ref. 8).

W at approximately 80° F and with pressures from atmospheric to
125 pounds per sqysre inch absolute could be introduced either through
the inlet line ~ into the bottom cover or through the inlet line ~

into the top cover. It could also be removed through the exhaust lines
~, Ct, or D. ~ proper adjustment of the valves in the air lines,

dHf erent flow conditions could be produced. Upwsrd flow of the ah
through the tube was obtained by admitting the air through ~ into the

bottom cover. It then had to pass through a dense screen E before It
entered the tube proper. It left the tube through another screen E
tito the top cover and was discharged through the exhaust line Ct. To
obtain duwnward fluw in the tube, afi was admitted through the line ~

into the top cover, entered the t@e through the screen on top of the
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tube, left it through the lower screen, and was
the bottom cover through the exhaust line @.

convection heat transfer, air was admitted into

5

finally discharged from
For a study of free-

the top cover through
~ and removed from the upper portion of the the through D. In this

way cool air was continuously supplied to the upper portion of the ttie.
Free-convection currents transported the cool air into *he heated por-
tions of the t~e amd replaced the warm-air layer which flowed upward
along the heated wall.

The amount of air conducted through the tube was measured by an
orifice in the air-supply line. In order to assure that the air entered
the tube proper with a constant velocity, the screens E were made very
dense. They consisted of a l/8-tich-thick Fiberglas mat between two
l/4-inch-mesh, 23-gage wire galvanized screens. The screens produced a
pressure drop of 5 pounds per sqgare tich at the lowest air flow investi-
gated. Measurements of temperature and velocity profiles in the lnibe
indicated that the screens fulfilled their purpose.

The surface of the ttie was heated with low-pressure steam super-
heated by throttling to 2° or 3° F above the saturation temperature; the
pressure ranged from 1 to 3 inches of mercury above atmospheric pressure.
Four openhgs F along the length of the insulated stesm jacket G
surrounding the the were used to distribute the steam uniformly through-
out the jacket. A steam trap on the main condensate line and a throttle
valve on the steam supply line were used to obtain the desired steam
pressure.

Sixteen condensate c-ers H, 7+ inches wide, were arranged along

the length of the heated section of the lxibe;therefore, only part of the
circumference of the ttie was covered by them. The chaaibersvaried in

length from 6 inches at the top of the tfie to ~ inches at the bottom

and trapped only the condensate which developed on the section of the
the wti enclosed by these chanibers. Erom each cwer, l/2-inch-
dismeter lines, shown in figure l(b), csz’riedthe condensate through the
steam jacket to the condensate measurtig apparatus. The exposed portion
of these lines (J in fig. l(a)) was heavily insulated to reduce heat
losses.

Condensate Measuring Apparatus

The condensate from the condensate chambers was measured on a
burette board (K in fig. l(a)). Each chaniber H was connected to aQ
burette L graduated in tenths of a milliliter. A spherical condensate

T
collector M, l; inches in diameter, and a petcock arrangement N at the

.

——.—.—.—— .— --— -—— ———_— .— —————.——
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top of the burette were necessary because direct connections between the
burettes and the lines from the condensate chaubws H would permit
steam to fill the portion of the burettes not used up by condensate and
thus provide an exposed area for steem condensation which would vary
with the amount of condensate in the burettes. The burettes were insu-
lated by two layers of air between two Plexiglas tidaws at the front
and an insulating board at the rear. Nevertheless, the condensation
caused by the heat losses from the burettes proved inconvenient in the
ftist runs made with direct connections between burettes and condensate
lines. The spherical container M, which was installed after this
experience, was emptied into the burette as soon as the condensate level
had risen to ~out 1/4 inch above the level inticated in figure l(a);
this provided a rel&ively large volume of condensate and a small vaxi-
ation in exposed surface srea on which steam would condense. The tube,
inserted h the container M to slightly below the center, provided a
minimum condensate level in the sphere which could be conveniently
reproduced. The the reqxlred to obtain this amount of condensate ranged
from 10 to 30 minutes dependimg upon the operating conditions and the
position of the condensate chanibers.

Instrumentation

Five tion-constantan thermocouples O, spaced as shown in figure l(a),
wa?e used to measure the wall temperatures in the heated section. These
thermocouples were enibeddedin holes drilled from the outside into the
tube wall to a depth of 1/4 inch. The thermocouple ends were welded into
a small copper cylinder which fitted the holes closely. Thermocouple
lead wires were attached to the outside wall of the heated tube and
brought out of the steam jacket through the bottom flange. Fiberglas
insulation and plastic coating protected the thermocouple wires from the
steam. Two thermocouples P measured ttie-wall temperatures below the
heated section.

Steam temperatures were measured by four iron-constantan thermo-
couples Q spaced along the length of the steam jacket. Each thermo-
couple was so srranged in a l/8-inch-diameter tube that the junction was
formed by welding the ends into a cap closing the ttie. The thermocouple
junctions were located midway between the tribewsll and the steem-jacket
wall.

Air temperatures at various locations along the tribeaxis were
masured with thermocou@e probes (fig. 2). The probe locatio~ and
identification numbers along the length of the ttie are shown by R in
figure l(a). With this arrangement, temperature readings of the heated
ah in five planes were obtained. Air temperatures were also measured
with iron-constantan thermocouples S in the inlet and exhaust lines as
indicated on figure l(a). .
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The ati pressure in the tube was measured with calibrated Bourdon
type gages through pressure taps at two locations (T in fig. l(a)), one
near the top and one near the bottom of the ttie wdl.

Accuracy of Measurements

Calculation of the heat-transfer coefficients on the inside wall of
the tnibeis based on the tiference between the ah temperature along
the axis of the tube and the temperature of the inside-wall surface.
Since the waLl temperature was measured in the center of the wall, a cal-
culation of the temperature drop due to the heat conduction through the
wall was made; it indicated a temperature difference of approximately
1° F. This temperature clifference was disregarded. The accuracy of the
potentiometer, the calibration accuracy, and the reading accuracy together
added up to an error in the wall-temperature measurement of +2.0° F. The
difference between the temperatures tidicated by the thermoco@.es in the
steam jacket and in the wall was between 0.5° and 1° F. Steam tempera-
tures were estimated to be accurate within ~. 5° F. Readings of the tem-
perature of the heated atr at a specified location, however, repeated
only within &5° to fi” F depending on the location of the thermocouples.
Fluctuations of the ah temperatures seem to be connected with large-
scale turbulence which is present in the ah, especially under the con-
ditions of counterfluw and free-convection flow.

The mercury U-tube measurauents of the steam pressure were accurate
within +0.05 pound per square inch. The saturation temperature determined
from this pressure agrees withti 1° F with the stesm temperature measured
by the thermocouples. Air pressures were measured with two Bourdon type
gages. The difference between the readings of the gages was small and
the average of both was used to determine the ah density. The accuracy
of these pressure measurements determined by calibration was found to be
2 percent below 30 pounds per square inch absolute and 1 percent above
this value. The condensate was collected during the runs and measured
volumetrically. Duration of the runs was determined with a stop watch.
The measurements of the rate of condensation for the comylete run could
be reproduced within +2.0 percent. The flow orifice for the supply air
was calibrated and estimated to be accurate tithin 1 percent.

c~TIoN OF LOCAL HEAT—~ COEFFICIENTS

Equation Defin@g Heat-Transfer Coefficient

The local film heat-transfer coefficients inside the tube at various
locations along its length were determined from the following equation:

— —. —— . —.———-— .-— .
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(1)

In this equation the area
tion of the inside surface
vidud. condensate chamber.
of the condensate chanber~
two values of the area A

A considered for heat transfer was that sec-
of the tube which was enclosed by the indi-
Because of the finite thiclmess of the walds
as shown in the detail hsert of figure l(b),
can be calculated, one”with the inside and

one with the outside tklmensions. The Wf erence between both sz?easwas
less than 1 ~ercent ‘andthe mean of the two values was used in the cal-
culation of the heat-transfer coefficient. The temperature of the air
ta in eqxation (1) was obtained along the ttie sxis directly opposite

the center of the condensate chanber. Fi&re 3(a) shows the air temper-
ature measured along the tube axis for the free-convection test and fig-
ure 3(b), for the mixed-free- and -forced-convection experiments. The
ah tempmatures ta to be inserted into equation (1) were taken from

these figures. The temperature measured in the center of the ttie wall
was used in equation (1) as the w= temperature 1+ This temperature

was constant along the heated section of the tnibe.

Evaluation of Convective Heat Flow and Heat Ioss

Determination of convective heat flow ~. - The total heat flow Q

which was determined by measurement of the condensate collected in the
individual burettes consisted not only of the amount collected in the
tidividti condensate chanb=s (H in fig. l(a)) but also of the amounts
formed by the heat loss to the surrounding atmosphere from the part of
the condensate lines outside the stesm ~acket (J in fig. l(a)) and the
spherical condensate collectors (M in fig. l(a)). In addition, heat is
trausferred from the interior tube surface not only to the ah by con-
vection but also to the cooler top and bottom sections by radiation.
Correspondingly, the convective heat flow per unit time ~ may be

det~d from the equation

where

Q=wh (3)

The heat flow to the surrounding atmosphere from the condensate lines
and in the spherical collectors is denoted by QA d the radiative

heat fluw, by ~ in equation (2). In equation (3), the condensate

weight flow per unit time is w, the total measured rate for the indi-
vidual burette corresponding to the condensate chariber(or location along
the ttie surface) under consideration. The term h is the heat of
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vaporization per pound of water at saturation pressure, that is, the
measured pressure in the stesm jacket. The small degee of superheating
was neglected. The heat flow Q obtained by use of eqyation (3) is
therefore the total heat released by condensation of the weight flow w.

Determination of heat loss QA +%. - In order to determine the

convective heat flaw ~, it is necessery to stitract from the total heat

flow Q the heat radiation ~ and the heat lost to the atmosphere QA
z
$

from the exposed condensate li&s and collectors. Both quantities were
determined in heat-loss runs. If the ttie interior couldbe completely
evacuated, heat would be removed from the interior tube wti onlyby
radiation towards the cooler top and bottom sections. The condensate
collected in such a runwouldle the result of this radiative flow ~

and the heat losses in the condensate lines and spherical collectors ~.

y
o ActualLy, the laboratory facilities which were connected to this
u apparatus did not provide complete evacuation of the ttie. Therefore,

a small convective heat transfer still took place in the interior of the
t@e, and equation (2) holds for such heat-loss runs as well as for heat-
transfer rums. The convective heat fluw is, however, much smaller
because of the lower density of the air and because the heated air inside
the tube is not replaced in these runs but is heated to a temperature
nesr that of the will. This convective heat flow encountered in heat-
10SS runs IDEybe indicated by ~ and the amount of condensate collected

insucha runby w’. Then equation (2) becomes

(4)

When the room conditions are the same, the-heat lost from the con-
densate lines and the spherical collectors QA is the same as in the

actual heat-transfer runs; the radiative heat loss ~ may be different.

However, it will be shown later in this section that this loss is very
small. By neglecting the difference in the radiative heat flow occurring
during the heat-transfer runs and the heat-loss runs, equations (2) to
(4) can be ccmibined

~=wh-w’h+~ (5)

In this equation w is the amount of condensate collected during a heat-
tiansfer run, w’ is the smount collected during a heat-loss run, and
~ is the convective heat transfer in a heat-loss run. ~ value of

~ is small compared with the other terms in equation (5) tider the test,.
conditions set up in the heat-loss runs and can be determined by the fol-
lowing approximate calculation. Since no information on the specific
configuration used for this investigation is available, the calculation

——. . ..__ _______ — —-——— ... —— -—_ —
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was based on a correlation for a vertical flat plate. The lsminar equa-
tion was used to obtain the heat~transfer coefficient for the heat-1OSs
runs because the low density of the air in the ttie and the small temper-

.

ature d5fference lowered the Grashof nuniberfor these runs below the
critical value. The equation for the average Nusselt number ~ ti
free-convection laminar flow (ref. 9, pp. 522-542) on a vertical plate is

The local Nusselt
by multiplying by

1

Nu = 0.555(GrPr)Z (6) $
m

nuniberwhich follows was obtained from this relation
the factor 3/4 (ref. 10, p. 162):

1

Nu= 0.416(GrFr)Z (7)

With the local heat-tramf er coefficient H‘ determined in this way, the
convective heat flow ~ was calculated by use of equation (1) and the

temperatures ~ and ta, which were measured during the heat-loss runs.

All data were then available to calculate the convective heat flow C&
in equation (5). The convective heat flow ~ encountered during the
heat-loss runs amounted to 2 to 4 percent of the convective heat flow
(& in the heat-transfer runs.

Alternate qethod of determining heat loss. - A calculation was also
made to obtain an estimate of the heat flow by radiation ~ from the
heated walls to the umheated bottom section of the tube. In this calcu-
lation, the temperature of the tribesurface was assuned to be 212° F and
that of the bottom circular surface 90° F. These temperatures are rep-
resentative of the severest conditions. The emissivity of the galvanized
iron surface was takn as 0.20. For the heat-transfer runs, the heat
exchange by radiation between the center of the wall section enclosed by
the lowest condensate chamber and the bottom plate was calculated on
these assumptions to be approximately 0.75 percent of the convective heat
flow ~. At other locations along the tube wald, the radiative heat

transfer was still smaller; therefore, the heat transfer by radiation
could be neglected.

The heat loss QA in the condensate lines and in the spherical col-

lectors can also be determined by arranging tra~s at the location where
the condensate lines leave the steam @ket. These traps were so designed
that no condensate coming from the condensate chambers could flow into the
spherical collectors. These collectors then cold_ectedonly condensate
formed on their surfaces and that which formed with the condensate lines .
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outside the steam jacket. I?romthe condensate measured in the burettes
by this method, the heat loss ~ could be found. The traps were

arranged only on a selected tier of condensate lines in order to check
the heat losses obtained by the first method described. Convective heat
flows ~ determined in this manner agreed with the values obtained by

the first method within 3 percent.

Determination of characteristic length x. - For vertical plates,
un~ormly heated, the characteristic length x, used in the dimension-
less parameters Nu, Gr, and Re, is measured from the lower or upstream
plate end. In this investigation, however, the wall temperature of the
tube was constant only where it was surrounded by the.steam jacket (G
in fig. l(a)). Below the steam jacket the wallltemperature decreased
wtth distance from the steam jacket. In order to account approximately
for this fact, a fictive end of the heated section was established as
indicated in figure 4, which applies spectiically to a free-convective
run. In this figure, the measured wall temperatures are plotted against
distance below the end of the steam jacket. The air temperature along
the tube axis as extrapolated from the measured values is also indicated
on the figure. It can be seen that the temperature difference between
the wall and the afi decreases with distance below the end of the steam
jacket and reaches a value of zero 8 inches below the jacket for this
particular run. It can be expected that, for a first appro~tion,
conditions are similar on a tube with a constant temperature difference
which has its luwer end at a position such that the two dashed areas in

figure 4 are equal. In this way, the expression ~(~ - ta)u, which

is important for the heat transferred, becomes equal.for the real tube
and the one with a constant temperature difference. The fictive end of
the steam jacket was determined in this way. The characteristic length x
contained in the Nusselt, Grashof, and Reynolds numbers was measured from
the fictive end of the steam jacket to the center of the condensate cham-
ber being considered. Whether this characteristic length is measured from
the fictive or the actual end of the steam jacket influences Nusselt and
Grashof ntiers within the accuracy of the measurements only for the two
lower condensate chanib~s. This wilIl

~AL

Heat-loss runs. - The purpose of
the values of the two terms w’h and

be shown in a later figure.

PROCEDURE

the heat-loss runs was to @etermine
~ inequa.tion (5). In t&&at-

10SS runs, the t@e was partially evacuated by reducing the air pressure
to 7 inches of mercury absoltie, the minimum available to the apparatus.
from the laboratory altitude-exhaustfacilities. Before the data were
recorded, the tube was heated by the low-pressure steam for approxhately
2 hours. This length of time was required for the ttie wa12 temperatures
of the heated and unheated sections and the temperature of the air In the
tube to reach equilibrium. After equilibrium was obtained, the quantity
of condensate in the burettes was recorded at 20-minute intervals and an

— .—— —... .—— —. —.— —.—— ..—
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average of at least five readings was obtained. The heat-loss runs were
repeated at various intervals throughout the investigation. The heat
losses w’h - ~ determined in this manner increased from 10 percent of

the total heat-flow rate Q at the high-velocity runs to 45 percent for
the low-pressure, low-velocity runs.

Heat-transfer runs. - Mixed-free- and -forced-convectionheat-
transfer runs were made for a series of ah pressures inside the tube of
approximately 45, 65, and 100 pounds per sqpare inch absolute to obtain
high values of Grashof numbers. At each pressure a series of runs was
made with forced air flowing in the upward tiection with velocities
ranging from approxhately 1 to 5 feet per second (at the lowest pres-
sure up to 10 ft/see). The range of velocities was so chosen that they
exceed the velocities occurring in a free-convectionboundary layer along
the ttiewall (as calculated tiref. Il.). A similar series of runs was
made with the forced air flowing in the downward direction. The runs
with air flowing in the upward direction are referred to as parallel flow
since the forced flow is in the same dtiection as free-convection flow
within the heated boundary layer along the tube wall. The runs in which
the forced flow is in the downward direction are referred to as counter-
flow since the forced flow is in a direction opposite to the flow in a
heated free-comection boundary layer along the the wall. A series of
runs was also made in which the air was supplied at the top cover of the
tube (line ~) and discharged through the two exhaust-lnibeoutlets D.

No forced flaw existed in these runs through the heated portion of the
ttie, and they were therefore considered as the l~ting case of pure
free-convection heat transfer. In these runs the air pressure was varied
from atmospheric to 125 pounds per sqme inch absoltie, the maximum
available pressure.

For each of the heat-transfer runs, the tnibewas preheated for a
period of appro~tely 2 hours, and data were then taken at 10- to
w-minute intervals. Averages of five to six readings were taken as the
fhal data. Throughoti each run, conditions were kept constant. The
measurements produced ti necessary data for calculating local heat-
transfer coefficients. In addition, the temperature and velocity fields
of the air inside the ttie were investigatedby measurement of their pro-
files along the cylinder radii in the planes indicated in figure l(a) by
the probes R (appendixB).

RESUETS AND DISCUSSION

Fresent Experiments

Dhensional analysis shows that in the mixed-free- and -forced-
convection regime, the average heat-transfer coefficient,when expressed
in a dimensionless fo~ as Nusselt number, will depend on the Reynolds

i!

.
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number, the Grashof number, and the Prandtl ntier for a fluid with
stant property values and for geometrically similar configurations.

13

con-

Vsrlable property values would introduce additional parameters; however,
in the present investigation the variation of the property values is
sufficiently small to neglect the influence of these additional param-
eters. For flow through tubes, geometric shilarity restricts the rela-
tion

Nu = f(Re, Gr, Pr) (8)

to tubes with a certain ratio of length to dismeter or, generally, this
ratio L/d a~ears as an additional parameter in the dhnsionless
rektion (8). The local heat-transfer coefficient depends also on the
location expressed in dimensionless coordinates. In addition to the
described parameters, the heat-transfer coefficient is determined by the
boundary conditions, that is, in the present case by the velocity and
temperature profile in the entrance cross section and by the variation
in temperature over the heat-tramsfer area.
.

As described in the previous sections, local heat-transfer coeffi-
cients were ~asured in a vertical.ttie with a length-to-diameter ratio
of 5. The wall temperature was kept constant over the tube surface by
heating with steam. Air with a Frandtl nmiber Pr of 0.70 was induced
vertic&lJ_yin an upward or downward direction through the ttie, and the
free-convection forces were generated by the gravitational field of the
earth so that the free-comection forces were either parallel or opposite
to the forced-flow direction. Special efforts were made to obtain a uni-
form velocity and temperature profile over the entrance cross section by
use of a dense screen.

Psrallel flow. - The results of the experiments with the free-
convection force parallel to the forced-flow velocity are shown in fiR-
ure 5. The 10CSJ.Nusselt nuuiber N% is plotted a&inst the product-

GrxPr with the Reyuolds number Red as a parameter. ‘I’helength param-

eter used in the Nusselt and Grashof numbers is the tistance x from the
fictive lower end of the heated tube section to the desired heat-transfer
pohlto The difference between the ttie wall temperature ~ and the
temperature of the air at the ttie sxis ta at the same distance x is

used throughout the report to calculate the Grashof number. Physical
propefiies of the ati were based on a film temperature (~ + ta)/2 for
all parameters except Red, which is based on the temperature of the ah

averaged along the lmibeaxis. The diamster of the the and the average
velocity of the forced flow were used to obtain the Reynolds number Red.

The air pressure in the lmibe,which in turn affects the Grashof and
Reynolds number range, could be varied and appears as a parameter for the

. . —.— __ .—— .
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d3.fferentdiagrams in the figure. Lines of constant

through the experimental points. The significance of
fied as Rex will be explained later in this section.

NACA TN 2974

Red are &aWQ

the points identi-

As a limiting case, turbulent free-convection flow was investigated
in the manner described in the previous section. The results of these
runs are shown in figure 6.

Also shown in figure 6 are the Nux and GrxPr nmibers calculated
for two points with the effective length x measured from the actual
lower end of the steam jacket to the centers of the lower two condensate
chambers. These points are connectedly arrows with corresponding points
calculated by the use of the distance from the fictive end of the steam
jacket for the characteristic length. The &shed line in this figure
constitutes the mean line through the experimental points.

Inserted in the fi~e as solid lines are two correlations found
in literature for free convection on a vertical plate, one derived from
a relation in reference 9 for laminar flow by converting the average
heat-transfer coefficient to the local value (eq. (7)) and one obtained
theoretically in reference D. The relation given in reference 11
(eq. (30)) is also for average heat-transfer values and shows that for
turbulent flow the heat-transfer coefficient is proportional to the
1/5 power of the distance from the lower plate end. Therefore the local
Nusselt number is 1.20 tties the average value, and the constant 0.0210
in equation (30) of reference 11 becomes 0.0252 for local heat-transfer
values.

The dashed mean data line is, on the average, located 20 percent
below the turbulent correlation for the flat plate. Therefore, it can
be stated that the expertiental points agree quite well with the tur-
bulent flat-plate correlation as might be expected in a tube of small
length-to-diameter r’atio. In such a tube, the boundary layer which
builds up along the wall surface is quite short. Accordingly, the
boundary-layer thiclmess willbe small as compared with the tube diame-
ter, and the conditions should be quite similar to those on a flat
plate. It is also to be expected that the distance from the starting
point of the boundary layer wilJ be the main length perameter on which
the flow and the heat transfer depend. Therefore, a diagram in which
the Reynolds number based on this distance is used as a parameter should
give more information than the presentation in figure 5.

In figure 7 is shown such a diagram which reveals very clearly the
transition process between forced- and free-convection flow. TO obtain
this figure, points of constant R% were calculated on the Red curves

in figure 5 (shown as black points) and transferred into this figure.
Averaging lines are drawn through these points. Inserted in the figure
as a dashed line is also the free-convection correlation obtained in fig-
ure 6. It maybe recognized that for large Gr#r numbers a12 constant
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R% curves converge into this line (free-convectionregion). On the

other hand, each of the lines for constant Reynolds number becomes more
and more horizontal with decreasing GrxPr n~ers, indicating the fact

that, for each Reynolds number, the Nusselt number becomes independent
of the GrxlW numbers in this region (forced-flow regime). Noticeable

N
~
If-

.

.

is a dip on all Rex curves. Figure 8 shows a cross plot of figure 7

with Nusselt numbers plotted against Reynolds numbers and tith the prod-
uct of Grashof and Prandtl numbers a~earing as a parameter. The regions
which maybe termed pure free and forced convection again may be recog-
nized in this figure by the horizontal trend of the curves towards the
lower Reynolds number andby the fact that all the curves tend to con-
verge asymptotically into a single line at the higher Reynolds number.
This asymptotic line shoul.dbe the relation for pure forced-convection
flow.

Available correlations for turbulent forced flow are also shown in
this figure and the correlation for a turbulent boundary layer along a
flat plate (ref. 10, p. 117). The two dashed curves are obtained for
two x/d ratios from the following equation:

This equation is derived in appendix C from an empirical relation for
the average heat transfer determinedly Hausen (ref. 10, p. 115) from
experiments in the entrance region of a circular tube by again convert-
ing the equation to the local values. The curve for the smaller x/d
ratio agrees quite well with the rektion for a flat plate, as would be
expected. The values given by the curve for x/d = 5, however, are
already higher than the flat-plate values, indicating the fact that tk
development of the boundary layer in a tube is already different from
the one on a flat @ate for this length-to-diameter ratio. The length-
to-diameter ratio increases along the curves of constant GrxPr from

left to right, ending with the ratio x/d= 5. Therefore, it canbe
stated that the agreement between the measured heat-transfer coefficients
in the forced-flow region and the values predi.ctedby Hausen’s relation
is satisfactory. Even the dip in the curves of constant GrxPr is

explained by the fact that the x/d ratio along the curves increases
from smaller to larger values towards the right.

Of primary interest for the investigated problem is the question in
which range of Reynolds and Grashof numbers the heat transfer may be con-
sidered as pure forced convective, as pure free convective, or as mixed
forced and free convective. The determination of the limits between
these regimes
sition of the

requties some arbitrary definition since actually the tran-
mixed-flow region into the other two regimes is asymptotic.

—-— — — —— -——--——————— ——
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The forced-flow re@me will be defined as that part in which the influ-
ence of the Grashof nunber changes the heat-transfer coefficient by not
more than 10 percent. A corresponding definition will be applied to the
Mmit of the free-convective regimp. The limiting lines were determined
in this way from figure 7 and are transferred into a Reynolds-Grashof
diagram as presented in figure 9. The two highest curves represent these
limits. The lowest curve will be discussed in the section Counterflow.

The free-convection line was determined in figure 7 by finding the
values Gr#r for which the Nusselt numbers d.eterminedby the lines

Rex = const~t have values 10 percent above the dashed line representing

the free-convection heat transfer. The forced-convection limit was
determined from the curve shown in figure 7. This diagram (fig. 9) may
be used to determine in any special case whether the heat-transfer coef-
ficients shouldbe calculated from forced-flow equations or from free-
convection equations, or whether they wilJ_be in the transition regime.
It can be seen that the Grashof-Prandtlnumbers appearing in this diagram
are above the critical value 108 for transition to turbulence. The
Reynolds numbers are partially above, partially close to the limit. lKrom
information on flat plates, tlxl.svalue is expected to be of the order of
105 ● Therefore, it shouldbe safe to assume that the flow is turbulent
in the whole field coveredby figure 9. The limiting line between the
free- and mixed-flow regimes can be expressed as

Rex = 8.25(GrxPr)0”g (lo)

and the limiting line between the forced- and mixed-flow regimes as

R% = 15.0(Gr&)O”@ (U)

McAdams (ref. 12, p. 207) proposed the following rule: In cases in
which it is doubtful whether forced- or free-convection flow applies, the
heat-transfer coefficient shouldbe calculated using both the forced- and
the free-convective relations, and the larger one shouldbe used. An
investigation of figure 7 shows that in the tied-flow regime the actual
heat-transfer coefficients are always somewhat smaller than the one deter-
minedly this rule, the largest deviation being approximately 25 percent,
so that the rule by McAdams gives correct values within this degree of
accuracy.

Counterflow. - The results of the runs in which the forced flow was
in a downward direction are shown in figure 10. In these runs, there-
fore, the direction of the free-convection forces was ~osite to the
direction of the mean forced velocity. The presentation is the same as
in figure 5. The use of the Reynolds number based on the distance x
from the fictive lower end of the heated section converts figure 10 into
figure Il. Also inserted in figure 11 is a dashed line which averages
the results of the expertients tith pure free-convection flow (fig. 6).

cd

~
9
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It may be observed that the curves with constant Reynolds number Rex
again converge for large Grashof numbers asymptotically toward the free-
convection mean data line from figure 6. However, the approach appears
to be more gradual in this case than in the case of parallel flow. The
limlt of the free-convection regime can again be found as a line located
10 percent above the ltie into which the curves for constant Rex con-

verge. This limiting line between free and mixed flow, shown in fig-
ure 9, is expressedby the equation

R% = 18.15(&xPr)0-33” (12)

In determining the corresponding limit for pure forced flow, however,
the following difficulty is encountered: For pure forced flow in a down-
ward direction it has to be expected that the boundary layers which deter-
mine the heat transfer start at the upper end of the heated tube section
and increase in thickness in the downward direction. Accordingly, the
length parameter which mainly determines the magnitude of the heat-
transfer coefficient is expected to be the distance from the upper end
of the heated section. In figure 11, however, all the parameters are
based on the distance from the lower end of the heated section. Another
figure was therefore prepared in which all the parameters were converted
to the ones which use the distance ~ measured from the upper end of the
heated section as the characteristic length. For this purpose the experi-
mental points shown in figure 10 were recalculated to determine the rela-
tion in the new parameters. Averaging curves of Re~ were inserted in

a plot of Nu ~ against Gr Pr which contained these points. The otherg,
steps in the procetie were identical to the ones leading from figure 5
to figure 8. Figure 12 shows the result with the Reynolds number Re

as the abscissa and the product of Grashof number Gr

ber Pr as’a parameter.
~ -d Prandtl n$m-

Again the curves for pure forced flow, which
were already presented in figure 8, are inserted as dashed lines. It iS
indicated that the curves of constant Grashof number have the tendency
to approach these lines asymptotically; however, in the investigated
range they are s%ill a considerable distance away from the forced-
convection limits. Accordingly, it can be concluded that the mixed-flow
regime approaches the pure forced-flow conditions much more gradually
for counterflow than for parallel flow. The velocity range of the inves-
tigation was not sufficient to determine the 10-percent lhit between the
mixed- and the forced-flow regimes. The available facilities prevented
a further increase in the forced-flow velocities.

A plot analogous to figure 12 but with all parameters based on the
distance x from the downward end was also prepared. As expected, con-
vergence of the Gr#’r curves towards the forced-flow relations was

not as readily apparent as when the curves were based oh the distance ~.

—.-——. —. ——-.—.— —.——.
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In accordance with this more gradual transition from free to forced
convection, the heat-transfer coefficients found in the counterflow
experiments are w to two times larger than the higher of the values cal-
culated for pure forced- or free-convection flow. This is astonishing
since it might be expected that the free- and forced-convection forces

N
f

acting in opposite directions tend to cancel each other partially and in
this way reduce the heat-transfer coefficients to values even below the
pure free- or forced-flow conditions. The cause for the large heat-
transfer coefficients which were actually found probably results from an
increased turbulence which is very likely under the condition in which
the flow in the central core of the tube tends to move in a direction
opposite to the flow in the heated boun~ layers near the wall. This
movement in different directions may be recognized from some of the
velocity profiles presented in appenti B.

Experiments by

In reference 4 the results
vertical tube with a ratio L/d
ditions were again umlform with

Watzinger and Johnson

of an experimental investigation on a
= 20 are presented. The entrance con-
respect to temperature and velocity.

Warm water was directed in a downward direction through the tube which
had externally cooled wal.ls. Therefore, in the investigation the free-
convection forces were parallel to the direction of the forced-flow
velocities. The Prandtl number based on the film temperature varied
within the limits of 2 to 5. The reference report lists the value
(table III) of the average Nusselt nwibers Nud as we12 as the Reynolds

Red and Grashof nunibers &d. The length used in all the parameters
was the diameter d of the tube. It appears reasonable to expect that
for the comparatively large length-to-tiameterratio, heat transfer
should be mainly determined by this length parameter.

Figures 13 and 14 were obtained from the data in reference 4. They
reveal.essentially the same features as figures 7 and 8, in which at high
values of Red and Grd the results converge on available correlations

for turbulent-forced-flowand for turbulent-free-flowheat transfer. A
dip canbe observed this time in both the Red = constant curves in

figure 13 and in the &d = constant curves in figure 14. It maybe

connected with the transition process to turbulence. The difference that
in the present tests the dip occurs only on the curves of Rex = constant

(fig. 7) would then be explaimible by the fact that transition starts in
different regions of the Re-Gr field. Again the limits between the
different flow regimes were determined in figures 13 and 14 and are shown
in figure 15. The limiting line between the free- and the mixed-flow
regtie can be presentedby

Red = 7.39(@0”= (13)

and the one between the forced and the mixed-flow regime by
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and the one between the forced and the mixed-flow regime by

Red = 19.64(Grd)00% (14)

A few experiments were clonein the same apparatus also under the
condition of counterflow. Watzinger and Johnson compared the heat
transfer obtained in counterflow with that obtained for parsillelflow in
a figure in which the heat-transfer coefficients are plotted as functions
of the temperature &lfYerence between the ttie wziLLand the fluid. The
counterflow heat-transfer coefficients were found to be larger in the
entire investigated range. The differences between both values were
between 6 and 20 ~ercent, with the largest difference found at high
Reynolds and Grashof ntiers. This fact is in qualitative agreement
with the resuits of the investigationpresented in this report.

The tests seem to have covered the transition region between laminar
and turbulent flow. Correspondingly,Watzinger and Johnson used a lsmi-
nar correlation as a limiting free-flow condition (fig. 13). obviously,
the turbulent
towsmis which

Cally.

correlation inserted in figures 13 and 14 is the one
the curves of Red and Grd . constant tend asymptoti-

Results Obtained by Martinelli and Boelter

In reference 2 is presented a theory by which heat transfer in a
tribefor the mixed regime of free and forced convection under the condi-
tion of lsminar flow could be calcukted. For the ,cdc&tion it w-as
assumed that the free-convection forces are parallel to the forced-flow
velocities and that the heat transfer is primarily determined by the con-
ditions near the lxibewall. Accordingly, the velocity profile in the
flow was approximated by a linear velocity increase with distance from
the wall. The density was assumed to be a linear function of temperature.
In one step, which is called the second appro~tion fi reference 2, the
temperature b the bulk of the fluid was assmed constmrb and eaual to
the entrance temperature, thus restrictingthis analysis to
The folkwing equation for the average Nusselt nuoiberin a
L was obtained:

3
fid = 1.75

dGz. +o=0722(GrF $Y”75

shor{ tubes.
ttie of length

(15)

This equation is also applicable for forced flow by neglecting the second
term and for free flow by omitting the first term. The’Graetz ntier Gz
is connected with the Reynolds and Prandtl numbers by the following rela-
tion:

-—...— —— . -
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A third appro-tion took into account the temperature increase
which occurs in the bulk of the fluid in tubes of larger L/d ratio.
The result of this calculation differs from equation (15) only in the
way that the two numerical constants 1.75 and 0.0722 are replacedby two
functions of the ratio Nu/Gz. These functions are tabulated in refer-
ence 2. In a later paper (ref. 3) it is proposed to change the exponent
on the parameter which contains the Grashof nuniberfrom 0.75 to 0.84 in
order to obtain better agreement with the experimental results contained
in the same paper. This change is justifiedby the assumption that some
turbulence was present in the experimental apparatus. In this report
equation (15) will be used to obtain information for the laminar region
and, therefore, the exponent 0.75 is retained.

The average heat-transfer coefficient which is contained in the
Nusselt number expressedby equation (15) is based on the arithmetic
mean between the temperature difference in the entrance and exit cross
section. Norris and Streid (ref. 13) pointed out the fact that it is
more advantageous to base the heat-transfer coefficient on the logarith-
mic mean of entrance and exit temperature differences because the Nusselt
number calculated in this way approaches a constant value for smalJ_Graetz
nwibers (for large L/d) which is identical with the Nusselt nuniberin
the region of fulllydeveloped flow. Figure 16 is a plot of the average
Nusselt numbers as calculated byllartinelli and Boelter (ref. 2) with the
change that the Nusselt numbers are based on the logarithmic mean tem-
perature difference. Inserted in the figure are also the heat-transfer
coefficients obtainedby the second approxktion in reference 2 and the
correlation for pure-free-convectionheat transfer recommended in refer-
ence 13. The lines in this figure, which present the third a~roximation,
exhibit, at low values of the Graetz number, the following physically
improbable features: They start at a certain limlt to increase with
decreasing Graetz number and to go asymptotically towarddinfinity. The

lines for the twu lowest values of the parameter GrdPr ~ reach values

of the-Nusselt number which are below the pure-free-convection correla-
tion. It is therefore believed that the validity of the calculated
curve is restricted to the range in which they are shown as solid lines,
and it is dnubtful whether in this range the third approximation is a
better solution than the second one.

Accepting equation (15) for the heat-transfer coefficients in short
tubes for laminar-flow conditions gives the possibility to calculate
again the two limits for which the mixed-flow heat-transfer coefficients
exceed the heat-transfer coefficients for pure forced flow or pure free
flow, respectively, by 10 percent. The following equations describe
these lhits:
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Expressed in
become

()
0.75

Forced-flow limit: GZd = 0.217 GrdPr ~ (17)

ltree-flowlimit: GZd =
()

~ 0.75
0.0241 &d~ ~ (la)

Reynolds numbers instead of Graetz nunibers,the limits

Forced-flow limit: Red& ~ =

Free-flow limit: ()
d,0.75

Red- : = 0.0307 Grd& ~

(19)

(20)

Figure 17 presents again the forced-flow regime, the mixed-flow regime,
and the free-convection regime in the Grashof-Reynolds field.

By cofiining all the available information it is ~ossible to obtain
a tentative survey over the different regimes in the entire range of
Reynolds and Grashof ntiers for a tube with parallel flow. Such a
survey is presented in figure 18. For Reynolds and Grashof nmtmrs,
which are expected to characterize lsminm-f low conditions, equa-
tions (19) and (20) were used to determine the limits between the dif-
ferent flow regimes. The limits are calcubted for two L/d ratios
(5 and 20) and for two values of the Prandtl number (0.7 and 3). It can
be concluded that the limits between the different flow reg~s sxe, at
least in the lsminsr range, not greatly affected by a change in either
parameter. Information on the limits in the turbulent-flow regime can
be obtained from the present experimental results. However, the follow-
ing difficulty arises in this connection: The experiments described in
this report det~ed the limits for the local heat-transfer coeffi-
cients, whereas sll the previous informationwas concerned only with
average heat-transfer values. In order to be dle to introduce the limits
for the turbulent range into figure 18, it was assumed that the local
conditions at the exit cross section (x = L) we identical with the con-
ditions for the average heat transfer in the tube length L. The param-
eters Rex and Grx in equations (10), (n), and (12) were converted

to the ones used in figure 18, and the limits were inserted in this fig-
ure. In order to get information dn the position of the different
regimes in the transitional region between laminar and turbulent flow,
the limits obtained in Watzinger and Johnsen’s investigation (ref. 4)
have also been inserted into figure 18. Of course, it has to be kept in
mind that these limits were obtained for t~es with a different L/d
ratio (20) and tith a dtiferent Prandtl rnmiber(approximately 3) from the
limits in the turbulent regime.
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For counterflow conditions only one limit has been determined up to
now, namely, the free-convection limit shown in figure 9. In addition,
it is lmown only that the mixed-fluw regime extends farther into the
forced-flow region for counterflow than for psrallel flow. Generally
speslsing,it may be expected that the location of the mixed-flow regime
h the Gr-Re plot is approximately the sane for counterfluw as for
psrtiel flow but that the width of the mixed-flow regime is larger for
the first flow condition.

Comparison with

Colburn offered, in reference
transfer in the tied-flow regime

N% =

In this equation ~

Other Correlations
8
E

1, the following correlation for heat

1

(21)

is the viscosity at the - temperature and ~,

at the film temperature; the ratio accounts for the dependence of the
heat-transfer c–wfficieit on the variation of the prop&ty values. The
equation was obtained from experhent al.information amdlable at the
the reference 1 was written. The l~t for which the mixed-flow I?usselt
number exceeds the pure-free-flow vslue by 10 percent is found from this
equation as Grd = 300. It is independent of the Graetz or Reynolds

nuniber. This value would give a vertical line in figure 18 and does not,
therefore, agree with the other correlations. The reason for this fact
is probably the small amount of ~erimental information available at
the time when reference 1 was published.

It has been mentioned in the section Parallel Flow that McAdams‘ -
rule offered in reference 12 agrees within 25 percent with the findings
of this report tith respect to the values of the heat-transfer coeffi-
cients. Experiments with water flowing through a vertical ttie with an
L/d ratio of 126, a Reynolds nuniberrange from 500 to 2700, and with a
Grashof number nesr 107 made by E. B. WeMerg are contained in refer-
ence 3. The I?usseltnrmibersagree on an average with the results of
reference 4. There exists, however, a wider spread of the individual
Nusselt numbers without a clear influence of the Reynolds number on these
values. Measurements by E. B. Weihiberg,G. Alves, and C. J. Southwell,
also contained in reference 3, were made with oil flowing through a tube
with a length-to-dismeter ratio of 300 and 600, with Grashof nmibers nesx

105, and with a Reynolds nunber range from 1 to 2300. The flow for these
conditions should be in the lamLnar range; however, the L/d ratio is
too large for a comparison with the calculations in reference 2, and the
Mmited range of Grashof nunibersprevented a presentation of the data in
a form analogous to the results of this investigation.
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An extensive theoretical investigation on mixed heat transfer in
tfies is contained in reference 6. This reference deals, however, only
with laminar-flow conditions and with boundary conditions which are quite
clifferent from the ones considered here. An interesting analysis for
laminsr-free-convectionheat transfer in a vertical duct is contained in
reference 7. It is yointed out that in cases where the free-convection
forces are large, the heat transfer may be influenced considerably by
internal frictional heating. ~ the presently discussed experiments,
this factor can be neglected. Significant effects of free convection on
heat transfer from the walls of a vertical tube to water flowing in an
upward direction through the ttie we presented in reference 5. No quan-
titative check with the results reported herein is possible, however,
since the published data are not m.ri?ficientto calculate the Grashof num-
bers. The length-to-diameterratio of the ttie used in these experiments
WaS 52.

RESULTS AND CONCLUSIONS

Iocal heat-transfer coefficients in turbulent flow were measured in
a tube with a length-to-tiamet= ratio of 5 and with free-convection
forces which were either parallel or opposite to the forced-flow veloc-
ities. The experiments were made with air (Prandtl ntier, Pr, 0.70).
The results of these investigationswere supplementedby the results of
previous investigations and led to the following conclusions:

1. The whole range of Reynolds Rex and GrashM Grx numbers can

be sfidivided into a forced-flow regime, a mixed-flow regime, and a free-
flow regime in the case of parallel flow. The limit between the free-
fluw regime and the mixed-fluw reghe is given in the turbulent-flow
range for a length-to-diameter ratio of 5 and a Prandtl nmber of 0.70 by
the folMwing equation:

Rex = 8.25(Gr#r)0”4 (lo)

The corresponding limit between the mixed-flow regime and the forced-
flow reghe is

Rex= 15.0(Gr.#r)O”w (n)

The heat trmfer in the forced- and in the free-fluw regime maybe calc-
ulated by available relations. In the mixed-flow regime the heat-
transfer coefficient deviates up to 25 percent from the larger of the
two coefficients calculated with forced-flow and with free-convection
relations.

————— —_ —.——c —-—— —— .—.
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2. The same flow regimes exist in the case of counterflow. The
limit equation between the free-flow and the mixed-flow regime in the
turbulent-flow range for a length-to-diameter ratio of 5 and a Erandtl
nuniberof 0.70 is

Rex = 18.15(Gr&)0”33 (12)

The corresponding
side the range of
The heat-transfer

limit between forced- and mixed-fluw regimes was out-
the present experiments and could not be determined.
coefficients in the forced- and free-flow regime can $

again be calculated by available correlations. In the mixed-flow regime N

the heat-transfer coefficients are always larger than the larger of the
calculated forced-flow or free-flow heat-transfer coefficients. The
measured value was found to be, at the maximm, approxhat ely twice as
large as the calculated vslue.

3. Information on the ~erent flow regimes in the transition region
between laminsr and turbulent flow was obtained from experiments by
Watzing= and
Reynolds Red

in tubes with
approdmately

and the limit

The equations
flow. In the

Johnson (ref. 4). The limit eqmxtion, expressed by the
and Grashof Grd nunibers,between free and mixed flow

a length-to-diameter ratio of 20 and a Prandtl nuaher of
3 is

Red = 7.39(Grd)0”35

equation between forced flow and mixed flow is

Red = 19.64(Grd)0035

(13)

(14)

hold for free-convection forces psralle’1to the forced
forced-flow reg3me and the free-flow regimes, the heat-

transfer coefficient could be calculated from available correlations for
heat transfer. For counterflow, somewhat higher heat-transfer coeffi-
cients were obtained in the mixed-flow regime than for psrallel flow.

4. In the lsminar-flow range for short tubes and parallel flow, the
limits between the different flow regimes were obtained utilizing a theo-
retical development by Martine13.iand Boelter. The limit equation,
expressed by the Graetz Gzd, Grashof &d, and Prandtl Pr numbers,

between forced flow and mixed flow is

GZd = 0“217(- ?“75 (17)
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The free-flow

25

limit is

0.75
Gzd =

()
0.0241 Grd~ : (18)

Heat-transfer coefficients in the mixed-flow regime may be determined by
calculating the Nusselt number

N
~~ from the relation

.

r% = 1.75
( )5

~ 0.7
Zd + 0.0722 Gr#r ~ (15)

For forced flow the second term in the relation may be neglected and for
free flow the first term may be omitted.

Lewis Flight Propulsion Laboratory
National Advisory Committee for Aeronatiics

Cleveland, Ohio, April 3, 1953
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APPENDIX A

SYMBOLS

A

c

%

d

Gr

Gz

g

H

h

k

L

Nu

Pr

Q

Re

t

-v

w

v

The following synibolsare used in this report:

hide area of section of tube surrounded by condensate chamber,
Sq ft

constant

spectiic beat of fluid at constant pressure, Btu/(lb)(OF)

inside d.ismeterof tube, ft

[4

acceleration due to

local heat-tramfer

L/

gratity, 32.2 ft/sec2

coefficient, Btu/(%’)(sq ft)(sec)

heat of vaporization of water, Btu/lb

thermal conductivity of fluid, Btu/(%)(ft)(sec)

length, ft

local Nusselt number,

~anatl ntier, ~p/k

heat flow, Btu/sec

Hx/k, Hal/k,or H~/k

Reynolds nuniber,pvx/v, Pvd/P, or PV~/w

temperature, %’

average velocity, 4W/YCpd2

forced ah flow, lb/see

condensate weight flow, lb/see
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x characteristic

P coefficient of

27

dimension measured from lower heated edge, ft

thermal expansion of fluid, 1/%

P dynamic viscosity of fluid, lb/(sec)(ft)

v kinematic viscosity of fluid, p/p, sqft/sec

E characteristic d3mension measured downward from upper heated edge,
ft

P density of fluid, lb/cu ft

Subscripts:

A

a

B

c

d

f

R

w

x

t

atmosphere

air

bulk

convective

based on diameter

fihl

radiation

based on dimension x

based on dimension E

Superscripts:

t value obtained in heat-loss runs

average

.——.—. —. — —— —. ———
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APPENDIX B

TEMPERATURE AND VELOCITYPROFILES

For some of the test conditions the temperature and velocity pro-
files along the tube radii were measured in several planes normal to the
ttie axis. The measurements were made with a hot-wire instrument shown
in figure 19, which was used alternately as a resistance thermometer and
as a hot-wdre anemometer. The probe was inserted on the same planes on
which the measurement of the air temperature in the tube axis with the
thermocouple yrobes was made. The probe locations and identification
numbers along the length of the tube me those shown by R in fig-
ure l(a). The probes transverse from the center of the ttie to the tube
wall adjacent to the condensate chanibersby means of a motor-driving
arrangement on the probe mounting. In some tests the profiles were
measured over the whole diameter and satisfactory symmetry about the tube
axis was observed. A bridge, a galvanometers,and a battery circuit which
measure the change of resistance with temperature of the O.0004-inch-
dismeter nickel w5re are wed in connection with the hot-wire instrument.

Temperature Profiles

The air-temperatureprofiles obtained with the hot-wire instrument
sre presented in figure 20 for psrallel forced- and free-convection flow
with two different average forced-flow velocities. The remilts of the
measurements for counterflow with two velocities are presented in fig-
ure 21 and for free-convection flow alone, in figure 22. The shape of
the temperature profiles is quite similsr to the shape of a temperature
profile in forced turbulent flow. This is especially true for the
yarallel-fluw condition for which the comparison may be csrried somewhat
further. On a semilogarithmicplot, most of the measured profiles can
be quite well approxbnated by straight lines. Such a straight-line rela-
tion has been established for velocity and temperature profiles in turbu-
lent forced flow of ah. The temperature increase with increasing wall
distance, however, is smadler than for forced flow. A comparison of the
distance from the heated wall to which the temperature change is con-
fined with the correspondingboundsry-layer thickness for free-convection
flow and forced flow on a vertical plate seemed desirable. Therefore,
the boundary-layer thickness for a turbulent free-convection boundary
layer on a vertical plate was calculated by the relations contained in
reference 11, and the outer limit of the boundary layer is indicated by
the diamond symbol in figures 20 to 22. me S- c~ctition -s ~de
from an equation for turbulent forced-flow boundary layer as given in
reference 10 (p. 75). The result of this calculation is shown by a
squsre in figures 20 and 21. The thickness of the mixed-flow boundary
layers agrees reasonably with the calculated ones for parallel flow and
free-convection flow.
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For counterflow, the temperature gradients extend considerably
farther away from the waH than the indicated limits of the free or
forced boundary layer. This is interpreted as an indication that intense
turbulence with a correspondingly large heat transport is present under
counterfluw conditions.

Velocity Profiles

The attempt to measure the velocity profiles was not too successful.
Unfortunately it was not possible to calibrate the hot-wke anemometer
at the air pressures which were used in the appsratus. This may account
for the fact that the average air velocities, as obtained with the hot-
tie anemometer, differed in some cases by up to 100 percent from the
average air velocities as they were calculated from the orifice readings
in the intake lines. It may also be that the turbulent fluctuations
present in the air cause the anemometer to indicate an apparent velocity
which is larger than the actual time-mean velocity in the direction of
the tube axis. The velocity profiles which were obtained with the anemom-
eter can, therefore, be considered only as qualitative information. They
are presented in figure 23 for parallel flow and counterflow. The shape
of the profiles agrees with what would be expected for the corresponding
flow conditions. The velocity drop to the value zero near the wall is
confined to such a smsll region that it could not be detected in most of
the measurements. Actti counterflow with different directions of the
flow velocity near the wall and in the core of the fluid could be
observed only in figure 23(c). At the lsrge forced-flow velocity shown
in figure 23(d), the free-convection forces were obviously not sufficient
to generate a flow in the upward direction even near the wall. It should
be pointed out that some uncertainty in the interpretation of the measure-
ments exists in this connection since the hot-wire anemometer gives no
indication of the direction of the flow.

I

.

. .. —.. ——— —... —.—
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INTAKE-REGION

The following expression

APPEmnx c

HEAT—TMNSFER COEFFICEN’I’S

was determined by Hausen from available
results of experimental investigations for the average heat-transfer
coefficient connected with turbulent flow in the intake region of a
tube (see ref. 10, p. 115):

The last term in this eqyation accounts for a vsriation of viscosity
with temperature. This term widlbe set eqxal to 1 since the viscosity
vsriation in the experiments reported herein was very small. The aver-
age Nusselt nunber = contained in this relation can be converted to
the 10CS2 value Nu by the following method: The heat flow Q trans-
ferred to the WS31 of the tube imlet se~tion of length x is equal to
the average heat-transfer coefficient H multiplied by the circmn-
ference b, the length x, and the &U?ference between wall temperature
and air bulk temperature

Q = ti(~ - ta)lix (C2)

The ah bulk temperature stays practically constant and equal to the air
temperature at the lnibeaxis, especially in the region near the entrance. -
Therefore, the heat flow can be expressed also by the local heat-
transfer coefficient H with the eqyation

JQ=dm(~-ta) oxHdx (C3)

Conbining equations (C2) and (C3) gives

J’xm= oHdx

Differentiating equation (C4) results in

(C4)

(C5)
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Equation (Cl)
not depend on

can be written in the following way when the terms which do
x are conibinedin a constant C:

E= [()]cl+ dx
z

Inserting this expression into equation (C5) and
entiation lead to

2

[ ()]
H=Cl+4~3

3x

(C6)

performing the differ-

(C7)

A replacement of the constant C by the original parameters finally
resuits in the following eq=tion for the local Nusselt nuuiber

Nux = ~

N% = 0.116

The accuracy of this equation should not be overestimated since the
inaccuracy contained h- the relation (Cl) is accentuated by the differ-
entiation process. Nevertheless it should be useful for the purpose of
the present report.
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flow. ti pressure, 64.4 pcunds per square Inch
abaolute.
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(d) Probe 5.

Figure 22. - Turbulent-air-temperatureprofiles measured
by thermocouples at four probe locations along axis for
free-convectionflow. Air pressure, 99 pounds per square
inch absolutej air flow> 0.313 pound per second.
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[a) Parallel flow. Air velocity,
- approximately 1 foot per secofid;

o 4 8 11.62

approximately 5 feet per second;

o 4 8 XL.

Radial distance from wall, in.

(c) Counterflow. Air velocity, (d) Counterflow. Air veloc~ty,
approximately 1 foot per second; approximately 5 feet per second;
Reynolds number, 40,500. Reynolds numiber,182,500.

Figure 23. - Air-velocity profiles along tube radius at several probe
stations. Air pressure, 64.4 pounds per square inch absolute.
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